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Abstract

The temperature control of the heterogeneous alkylation, where H,SO, is used as catalyst, is discussed in this paper. The problem is to design
a control function to stabilize temperature in face of uncertain kinetic model. The proposed controller, whose structure resembles a PI-controller,
is based on energy balance. The resulting feedback controller is robust, leads to an acceptable performance, and computes the temperature of
the coolant from the refrigeration section to the reactor. The effectiveness and robustness of the designed controller for computing the coolant
temperature is tested by means of simulations in such a manner that we study the effects of: (i) load disturbances, (ii) model uncertainties and (iii)

initial conditions for estimation values.
© 2006 Published by Elsevier B.V.
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1. Introduction

The catalytic alkylation involves the addition of an isoparaffin
containing a tertiary hydrogen to an olefin. Basically, alky-
lation process combines olefines (propylene, butylenes and/or
amylenes) with paraffins, as isobutane, in presence of strong
acid to produce high octane branched chain hydrocarbons. Thus,
mixtures of isoparaffin, Cs—Cjg, are alkylate products and can
be divided in five families: (i) trimethylpentanes (TMP’s), (ii)
light ends (less than Cs—C7 isoparaffin), (iii) dymethylhexanes
(DMH’s), (iv) heavy ends (higher than Cjg) and (v) acid-soluble
hydrocarbons, as conjunct polymers, ester, red oil, etc. The pro-
cess is used by petroleum industry to prepare highly branched
paraffins. In last 15 years, new alkylation plants were built.
About 70% of this alkylate product is or will be produced using
H>S04 as catalyst (these new plants announcement agree well
with information reported along 1990s in Hydrocarbon Pro-
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cessing journal). There are some remainder plants where HF is
used as catalyst, however HF is a very hazard catalyst. Thus,
although HF unit operation is well understood and there has
been a large effort to ensure safe handing of HF catalyst [1];
however, HySO4 units are preferable due to secure operation.
Moreover, alkylation with sulfuric acid as catalyst has been stud-
ied early 1970s (see, for instance, [2]). On the other hand, large
efforts are being performed to develop acid-solid catalyst (see,
for instance, Simpson et al. [3], Mantilla-Ramirez et al. [4] or
Clark and Subramaniam [5]); however, results in this direction
are not complete yet. Although much progress has been made
during past 50 years for understanding the complicated chem-
istry of alkylation, control of alkylation process is not an easy
task if we think that alkylation chemistry is significantly differ-
ent when distinct catalyst is used or when operating conditions
change [6,7].

Alkylation is a quite complex chemical process in which con-
trol can result in economic and environmental benefits. There are
different control problems for an alkylation plant; for instance,
regulation of isoparaffin/olefin ratio, reactor temperature sta-
bilization, etc. Alkylation involves complex kinetics and mass
transfer and one of the difficulties of this class of complex
chemical systems is that the kinetic terms and/or mass transfer
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Fig. 1. Configuration or alkylation reactors. The refrigeration system basically
consists in compressor and depropanizer. The main contribution is the design of
an approach to the robust control temperature via heat reaction compensation.
Thus, dynamical behavior of the refrigeration system is not considered.

phenomena can be required by the feedback function to compute
control action (e.g., heat generation terms can be required for
stabilizing temperature [8]). A refrigeration section is required
to regulate the reactor temperature because alkylation reaction is
highly exothermic. Indeed, reactor should be maintained at uni-
form temperature; i.e., temperature fluctuation less than 1°C.
Several operations can be comprised into the refrigeration sys-
tem [9]. The reaction section can be constructed as contactor
(STRATCO) or as a reactor chain (EXXON). However refriger-
ation system basically consists of compressor and depropanizer
(see Fig. 1). That is, in the refrigeration system, the hydro-
carbons that are vaporized due to the heat reaction are routed
into the refrigeration compressor and, once compressed and
depropanized, are returned to the reaction section. Due to very
complex chemistry of alkylation, high computational effort can
be required to compute the heat generation terms in such a
manner that the refrigeration system reach the computed tem-
perature for stabilizing the plant. Although high computational
technology is on hand, high computational effort is undesir-
able. Then, a function with simple computational procedures
but robustness is required to control the alkylation reactor. On
the other hand, alkylation process involves mass and heat recy-
cle streams (see Fig. 1). Recycle streams are not feedback in
the control sense. Recycle streams increases the order of the
characteristic polynomial with subsequent complexity. In fact,
process with recycle becomes unclear at present. Few efforts has
been recently devoted to understand this dynamics and control

of such kind of process (see [10] and references therein; also
[11-15]). Luyben [10] showed that a recycle system requires
a large time constant (related to residence time) because as
recycling-rate increases as instability can be induced. That is,
the time response of the recycle systems is needed large in order
to open-loop dynamics remains stable. Hence, plants for recy-
cle are designed with large tanks for secure operation. Large
tanks isolates sequences of units and permits the use of cas-
cade control configuration; i.e., each downstream unit (inner
loop) simply sees disturbances coming from its upstream loop
(external loop). If such disturbances are attenuated, the reac-
tor can be stabilized. Results in regard to dynamics and control
of recycle systems are promissory; however, up today, cascade
scheme is, by secure operation, best option for controlling “wide
plant”.

In this work, the goal is to design a control function in
such a manner that neither the reaction heat nor kinetic nor
mass transfer terms are required for stabilizing temperature. The
scheme provides an estimated value of the heat generation from
energy balance. Alkylation isobutane/propylene using sulfuric
acid as catalyst [2] was chosen to illustrate the design of a con-
trol function for complex systems. An estimated value of the
heat generation is obtained from on line measurements (output
feedback) and the proposed controller does not require full infor-
mation. Indeed, the proposed feedback comprises an estimation
algorithm based on closed-loop heat balance. The proposed con-
troller exploits similarities among the alkylation processes for
obtaining the estimated value of heat generation by reaction. The
key similarities are: (i) alkylation reaction is exothermic. There-
fore, the control function represents the heat removal required
for isothermic operation, i.e., the control action is non-negative;
(i1) mass transfer from hydrocarbon to acid solution restricts the
concentration in acid solution and reaction occurs in acid phase,
i.e., the inlet concentration in reaction phase is a bounded time
function (see below); and (iii) since wide-plant process com-
prises very large tanks, the process is characterized by very
slow dynamics, i.e., the time constant is large. Thus, the con-
trol function in this paper computes the coolant temperature
such that the alkylation reactor is stable and can be used in cas-
cade control. The idea behind the proposed controller is that the
computed coolant temperature enters to the refrigeration section
as reference. The main contribution of the paper is to perform
the reactor temperature regulation with least prior knowledge
about the heat generation by reaction (i.e., neither kinetic nor
thermodynamics terms are required) for a very complex chem-
ical system and recycle process. The controller is a bounded
PI-like feedback with dynamic estimation of uncertainties. In
addition for stabilizing temperature under uncertain kinetics,
the disturbance attenuation is carried out by the proposed
controller.

The text is organized as follows. Next section contains a
brief review on robust temperature control of complex chemical
systems. Alkylation system is presented in Section 3. Problem
statement is discussed in Section 4. Temperature control is ana-
lyzed in Section 5. Controller performance and tuning rules are
shown in Section 6. The paper is closed with some concluding
remarks.
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2. Brief review on reactor temperature regulation

There are several control problems in chemical reactors. One
of the most commonly studied is the temperature stabilization
in exothermic monomolecular irreversible reaction A — B in a
cooled continuous-stirred tank reactor (CSTR). Main theoreti-
cal questions in control of chemical reactors address the design
of control functions such that, for instance: (i) feedback com-
pensates the non-linear nature of the chemical process to induce
linear stable behavior; (ii) stabilization is attained in spite of
constrains in input control (as, for example, bounded control
or anti-reset windup); (iii) temperature is regulated in spite of
uncertain kinetic model (parametric or type of kinetics); or (iv)
stabilization is achieved in presence of recycle streams. In addi-
tion, reactor stabilization should be achieved for set of physically
realizable initial conditions (i.e., global stabilization is required).
Some questions have been solved and among solutions the fol-
lowing proposals are remarkable:

(1) Compensation of non-linear terms via state feedback. Hen-
son and Seborg [8] discussed the input—output linearization
for temperature stabilization via non-linear control theory.
Their results were a timely contribution in the sense that
geometrical control framework has potential application
in chemical process for global stabilization. Such a pro-
cedure is based on non-linear coordinate transformation
from Lie derivatives, which, when applied to a given chemi-
cal process, can provide an input—output closed-loop linear
dynamical behavior.

(ii) Stabilization under constrained control input. Alvarez et al.
[16] and Alvarez-Ramirez and Femat [17] have reported
that non-linear bounded control is capable to stabilize
exothermic CSTR. Authors departed from a global stabi-
lization under control without saturation, namely u = p(x),
toward a bounded (constrained) control. The first one
(unbounded control) is based on directional derivatives
along vector fields (as in [2]). Alvarez [16] proved that
under certain conditions (e.g., uniqueness of the open-loop
CSTR behavior) the bounded control input yields asymp-
totic stabilization for a given set of the initial conditions,
which is the physically realizable. On the other hand, their
results implies that the stabilization of exothermic CSTR
cannot necessarily reach the prescribed point. From prac-
tical point of view, these results make sense since bounded
input implies that required heat removal could not be reach.
Hence, under bounded feedback control, a given exother-
mic CSTR can be stabilized at an undesired critical point.

(iii) Stabilization against uncertain kinetic model. (a) An exten-
sion for global stabilization of chemical reactors was pro-
posed in [18]. That is, they proposed a feedback control
such that stabilization can be achieved “whatever the ini-
tial conditions are”, which means that initial conditions are
located inside the physical domain of the system CSTR.
Viel et al. [18] have shown that if the sign of the reac-
tion heat is constant the stabilization of chemical reactors
can be attained in spite of unknown kinetic terms. First,

the authors assumed that all states are available for feed-
back. Such an assumption was partially relaxed to develop
an observed-based controller via temperature and concen-
tration measurements. (b) Femat et al. [19] reported that
temperature regulation in CSTR’s can be achieved against
unknown kinetics only from the temperature measurements
and for initial conditions belonging to the physical domain
of the reactor even under bounded control actions. Trian-
gle reaction was used to show the controller performance.
Promissory results were found. However, results in Femat
et al. [19] were developed for a fluidized bed reactor. This
kind of reactors involves a small time constant (on the order
of seconds) which, according to above discussion, does not
necessarily imply cascade feedback control. In addition,
one complex problem in process with small time constant
is the noisy measurements.

Above results have been timely contributions for temperature
regulation and reactor stabilization. However, the mechanism of
the uncertainties compensation from measurements is not clear
for systems with mass transfer. That is, from the control the-
ory point of view, the design algorithms are proved and clearly
established (for example, the geometrical control theory). How-
ever, from the process point of view, there is unclear meaning of
the resulting controllers. Thus, there remain some questions. For
example: (i) Can temperature regulation via robust feedback be
interpreted from heat balance? (ii) Which is the physical mean-
ing of the temperature stabilization against unknown kinetics via
observed-based control? Questions (i) and (ii) have been solved
for classical control [10]; however, robustness via geometrical
control holds obscure in this sense. Here, we discuss the tem-
perature regulation against uncertainties from measurements in
terms of the heat balance for a class of rector with complex reac-
tion and mass transfer. We show that a robust observed-based
controller can be interpreted from the heat balance point of view.
To this end, an alkylation reactor allows us to present the robust
temperature regulation via measurements and its physical inter-
pretation from heat balance.

3. Alkylation reactor model: Kkinetics, mass transfer and
dynamics

The goal of this section is to show the main features in reactor
that affect its dynamics.

(A) Kinetic model: First complexity in alkylation consists in the
kinetic model. We have chosen the alkylation of isobutane
with propylene with sulfuric acid as catalyst. A 17 reaction
mechanism model was postulated in [2] to describe such
an alkylation. Such a mechanism comprises 20 chemical
species and including saturated hydrocarbon species. The
kinetic model is based on Schmerling carbonium ion mech-
anism with modifications for accounting the formation of
iCo and iCy (see Table A.1). The Langley—Pike’s model [2]
was validated with a scale pilot experimental CSTR under
isothermal operation and several experiments were carried
out over a temperature range from 290 to 330 K. There are
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differences in opinion concerning complexity of alkylation
mechanism, then the Langley—Pike’s model is not the only
one possible; however, their model is good enough for illus-
trating the objectives of the paper. The results discussed here
concern only for model including Langley—Pike’s kinetics
for alkylation. Experimental implementation is expected to
corroborate simulation results and possibly extend to other
alkylation mechanisms. Thus, the model for the kinetics
taken in this contribution is given by

Ri(x1, x3) = x1,1 + (k2, x1,13 + k3x1,15 + kax1,16
+ksx1,17 + kex1,18 + k7x1,19 + k3 x1,20)
Ro(x1, x5) = x12(k1 [HX] + k11x1,14 + k15x1,17)
R3(x1, x3) = kax1,1x1,13
Ry(x1, x3) = k3x1,1x1,15
Rs(xy, X5) = kax1,1%1,16
Re(x1, x3) = ksx1,1x1,17
R7(x1, x3) = kex1,1x1,18
Rg(x1, x3) = k7x1,1X1,19
Ro(x1, x3) = kgx1,1X1,20
Ryo(x1, x5) = kox1,14 — k10X1,10X1,14
Ri1(x1, x5) = k13x1,12X1,14 + k17X1,20 )
— kiax1 11 [HX] — kiex1,11x1,14
Ria(x1, x5) = kiax1,17 — k13Xx1,12X1,14
Ry3(x1, x5) = kyx1 2[HX] — koxy 13x1,1
Ri4(x1, x5) = —x1,14(ko + k10x1,10 + k11X1,2
+kizx1,12 + kiex1,11)
Ris(x1, x5) = kiax1,11[HX] + k17x1,20 — k3x1,15%1,1
Ri6(x1, x3) = k13x1,12X1,14 — kaX1,16X1,1
Ri7(x1, X5) = k11x1,14x1,2 — ksx1,17%1,1
—kisx1,17x1,2 — k12x1,17
Rig(x1, x3) = k1ox1,14X1,10 — keX1,18X1,1
Ri9(x1, x3) = ki6x1,11X1,14 — k7X1,19X1,1
Roo(x1, X3) = kisx1,17x1,2 — k17x1,20 — kgx1,20%1,1
where x; € R% denotes the concentration vector of the
chemical species (see below for notation), [HX] the sul-
furic acid concentration, k; = k;(x3), i=1, 2, ..., 20, the
constant rate for any fixed value of the temperature x5 in
interval [290, 330] and R;(x, x5) denotes the ith reaction
rate corresponding to each chemical specie. In model (1),
the parameters ks are temperature functions; in this sense
the kinetics can be denoted as R(x1;; kj(x3)), indexes i=1,
2,...,20andj=1,2,..., 17 stand for chemical specie and
reaction in mechanisms, respectively.
Mass transfer: One more difficulty arises from the fact
that there are two phases in the reactor: (i) hydrocarbon
and (ii) acid. The reaction occurs in the acid phase while
reactants are fed in hydrocarbon phase. This implies that,
in order to reaction occurs, there is mass transfer from

hydrocarbon to acid phase. The mass transfer is a very com-
plex phenomenon which can involve the reaction—diffusion

equation. However, such a phenomenon is beyond of the
goal of this paper. Both isobutane and propylene are fed in
hydrocarbon phase. Solubility of propylene in acid phase
is very fast whereas mass transfer of isobutane is dictated
by the smaller mass transfer rate. That is the reactor is
mass-transfer-limited by isobutane. Based on the follow-
ing assumptions, a simplistic model can be found for mass
transfer [20]: (MT.1) The propylene concentration at the
hydrocarbon phase is constant. (MT.2) The steady state of
the mass transfer of iCy4 is equal to its consumption rate
in the acid phase. (MT.3) The consumption rate of the
isobutane in acid phase involves the intermediate and car-
bonium ion rate equations. In this manner, under the above
assumptions, the mass transfer results in the isobutane con-
centration, Cjc 4, Which can be expressed by

del;,l
1 + (zH,/ krav)

where Cic, . is the isobutane concentration at acid
phase, xlil the concentration of the isobutane at hydro-
carbon phase, z=k2x1,13 +k3x1,15 +k4xl,16+k5X1,17 +
kex1,18 + k7x1.19 + kgx1 20 involves the rate of the isobutane
consumption and subscript ‘a’ means acid phase, and the
constant Ky (distribution coefficient for iCy), kpay (term
of mass transfer) and H, (the acid/hydrocarbon fraction)
are positive.

@

Cicya =

In this manner the dynamical model can be obtained from
mass and heat balance for the open-loop system [10]. STRATCO
reactor (see Fig. 1a) was chosen for modeling under the follow-
ing assumptions. (D.1) Reactor is perfect mixed and volume
in the reactor is constant; (D.2) reaction is carried out in the
acid phase and kinetics is given by Eq. (1); (D.3) mass trans-
fer is given by: (i) expression (2) for isobutane while propylene
remains constant. Parameters of Eq. (2) are constant. It should
be noted that the kinetic model (1) was obtained for isothermic
process. Then, according to the results by Langley and Pike [2],
the temperature dependence of the isobutane/propylene alkyla-
tion is given by k;(x2) = ko ; exp(—ai/xz), where xp denotes the
temperature, ko; the pre-exponential factor and o= FE,/Ry (E,
and R, are, respectively, the activation energy and the constant
of the idea gases, Rg =8.314] mol~! K~1). The values of these
parameters are shown in Table A.1 Note that neither the prod-
ucts nor olefinic intermediate nor carbonium ions are feed into
the reactor. In this way, the dynamical model of the alkylation
reactor is given by

X1 = 9()611{\]1 —x1,1) — Ri(x1, x2)

X2 = B(x% —x1,2) — Ra(x1, x2) (3.a)
X1, =—0x1,;, + Ri(x1,x2); i=3,4,...,20

17
2 =00y —x2) + B ZRi(xl s x2) | —y(x2 —u) (3.b)

i=1

where x:=(x1, x2) € RZ!, x; e R?Y is the concentration of the
chemical species, xo € R the temperature in the reactor and
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(xlll’\ll , xlﬁ\lz) € R? is the concentration feeding of isobutane and
propylene, respectively. R;(xl ,Xx2),i=1,2,...,17 is the ith rate
laws in Table A.1 with Arrenhuis-like temperature dependence.
y stands for the heat transfer coefficient of coolant system and
B is the reaction enthalpy, whose value has been experimentally
obtained [21]. 6 is the inverse of the residence time. One should

note that the concentration fed xllNl and xllNz are restricted by

the mass transfer. That is, xllNl corresponds to the isobutane con-

centration at acid phase C;c, 4, which is computed from Eq. (2)

whereas x11N2 is constant due to mass transfer of propylene is fast.

4. Temperature regulation problem

In order to state the control problem, the following property
of the alkylation reactor is presented:

(P.1) Consider an exothermic continuous-stirred tank reactor
with temperature dependence Arrenhuis-type, there is a stable
equilibrium point such that, under the isothermic operation (i.e.,
as reactor temperature x; is constant). The above property was
theoretically studied for CSTR’s by [22] and guarantees the exis-
tence of, at least, one stable equilibrium point (see Appendix
A). Of course, multiple equilibrium points can be found in
chemical reactors. Such an assumption also implies that reac-
tor stabilization can be achieved via temperature regulation (see
[8,15,17,18]). Thus, according to property (P.1), it is enough
to design a feedback controller from subsystem (3.b) in order
to attain the reactor temperature stabilization at any equilib-
rium point. This makes sense in terms of the heat balance. That
is, in order to control the reactor temperature, the most impor-
tant term to be compensated in Eq. (3.b) is the heat generation
due to reaction, namely ,BZZ»R;(xl ), which, according to discus-
sion in previous sections, can be often uncertain. Also the inlet
heat term, lezN, contributes to the reactor temperature; however,
small contribution is expected for highly exothermic reactions.
In addition, inlet heat term is not hard to compute or estimate
because it does not comprise neither kinetic nor mass transfer
terms.

From heat balance, we can compute the heat removal by
jacket along time such that reactor operates in constant tem-
perature x; (isothermic operation). Thus, from heat balance, the
heat removal to induce steady state in reactor temperature is as
follows:

(Heat removal by jacket) = (heat generation by reaction)

— (heat entering by inlet flow) + (heat leaving by outlet flow)
or @)

m
—y(xz —u)=—B> R(x1 —x2) — 6x]" + Ox

i=1
where y, 6 and B are defined in Egs. (3.a) and (3.b). Here,
the reaction rate R(xp, xp) corresponds to kinetics in Table A.1
including temperature dependence (for example, Arrenhuis-
type).

As property (P.1) holds, the heat removal (4) implies that

the jacket temperature u = (yxp — B>, Ri(x1, x2) — 9x12N +
0x2)/y induces the steady state in subsystem (3.b) from mea-

surements of reactor temperature and assuming that model of
reaction rate has no errors. This implies that the heat accumu-
lation and generation are required in order to compute the heat
removal. Thus, regarding (4), there are two drawbacks: (i) heat
generation involves the reaction laws which, according to dis-
cussion in previous sections, are uncertain and (ii) although the
jacket temperature computed from heat balance (4) induces tem-
perature steady state, the reactor dynamics is not regulated in a
desired value (that is the isothermic operation does not assure
uniqueness of the stable equilibrium points in chemical systems,
e.g., autocatalysis, see Chapter 5 in [23]). On contrary, controller
from heat balance (4) has the following advantages: (i) a linear
closed-loop behavior can be induced and the convergence rate
can be directly related to the control gain, (ii) if a gradient term
K¢(xa — x3) is added to the feedback, then the coordinate of
the (unique) equilibrium point x5 are located at the constant x%,
(which is stable for suitable control parameter value). In fact, the
jacket temperature u = (yxa — 8> _; Ri(x1, x2) — QxIZN + 6xy +
K(x2 — x3))/y can also be derived from Lie derivative of the
measured temperature along vector field of (3.a) and (3.b); i.e., as
LgL?2 = yand Lixy = yxp — B Ri(x1, x2) — OxlzN + 0xy and
the gradient terms corresponds to the desired dynamics [8,24].
Thus, one has that the combined jacket temperature to stabilize
the reactor becomes: u = (yxp — B> _;kiRi(x1) — GxIZN + Oxp +
Kc(x2 — x5))/y. Such control law can be interpreted in terms
of the classical control theory (indeed the term Kc(xp — x5)isa
proportional control action [25,10]) and exactly corresponds to
the non-linear state feedback designed by geometric control the-
ory (compare above equation with results by Henson and Seborg
[8]). Nevertheless, the term K.(xp — xrz) is known as high-gain
control and undesirable behavior can be induced; as, for exam-
ple, scattering.

All above advantages and drawbacks should be considered
to design the control function for the alkylation reactor. In
this way, the temperature control problem in alkylation can be
worded for finding the jacket temperature such that the heat
balance (4) is held to reach the desired temperature value
despite kinetic uncertainties. This implies that reaction laws
should be estimated in order to obtain a feedback control against
errors in kinetic model. In what follows a feedback controller
is proposed for accounting the heat generation with least prior
information about the kinetic and chemical mechanism but by
exploiting structure from heat balance. The main idea behind
our proposal is to obtain an estimated value of temperature
dynamics due to an estimated value of the heat generation by
reaction.

5. Estimation of the heat generation

Let us define the time variable n(r) = B, Ri(x1(1), x2(1))
toward obtainment of estimated value of heat generation term.
Such a variable describes the generation heat due to reaction
along the solution of the dynamical model ((3.a) and (3.b)). That
is, at time ¢ € R, the heat generation is evolving according with
rule B); Ri(x1(t), x2(1)) along time and such an time-evolution
can be seem as the variable 7(¢). In other words, the heat reac-
tion is a continuous-time assignation 7 : R?! — R whose time
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derivative 7 is defined for all x € R?!. In this sense, subsystem
(3.b) can be rewritten as follows:

Ky =0(xy —x2)+n+ y(x2 —u) (5.2)

2 (S Ria0) .

i = ﬂ_Z 7 £ (5.0)
j=1

where f;(x), for i=1, 2, ..., 21, stands the right side terms in

dynamical model (3.a) and (3.b). Note that time-derivative of the
augmented state  can be derived by Lie derivative as follows 7 =
L¢R}(x1(1), x2(2)). Thus, the heat balance (4) can be interpreted
in terms of the extended temperature system ((5.a) and (5.b)).
One should note that, if the reaction law terms are uncertain, then
the time derivative of the augmented state n is also uncertain.
Thus, although 7 describes the dynamics of the heat genera-
tion term, the augmented state cannot be available for feedback.
That is, the augmented state 7 cannot be measured from system
((5.a) and (5.b)). As matter of fact, Egs. (5.a) and (5.b) stand an
intermediate dynamical system toward final controller such that
final controller remains the main features of the heat balance
@), ie., u= (yx2 —n— 0N +0x; + K(xo — x5))/y. How-
ever, system ((5.a) and (5.b)) has the property that it provides
information about the directional derivative of the heat genera-
tion terms along the reactor trajectory. That is, the augmented
state indicates when an uncertain term increases or decreases at
any time ¢ € [¢, r+ At]. Now, since 7 is not available for feedback
an estimation procedure is needed. Thus, following the ideas
reported by Alvarez-Ramirez and Femat [17], a state observer
can be designed for system ((5.a) and (5.b)) from the output
y=Xx3 to obtain

B =00 =)+ -y —u) + g1y — i) (6.2)

n= gy —&2) (6.b)

where (X2, 7)) are estimated values of the reactor temperature
x> and the augmented state 5, which, by definition is equal to
heat generation term, B, R;(x1()). The parameters g; and g»
are such that the polynomial P>(A) =22 +g1A+ gy is Hurwitz.
In this manner, the jacket temperature can be computed from
the output y and the estimated value of generation heat term as
follows:
yy — i) = x5 + 6y + Kc(y — x5)

U= 7
y

where parameters are defined as above.

The aim of system ((6.a) and (6.b)) is to estimate the motion
of the heat generation, which is the uncertain term. Fortunately,
estimator ((6.a) and (6.b)) and feedback function (7) leads to
feedback control with Pl-like structure. To prove this, we can
take the Laplace transformation to obtain the transfer function
of the system ((6.a), (6.b) and (7)). Thus, we have that the trans-
fer function of the (heat compensation) control law becomes:
C(s)=u(s)/y(s) =K [(1 + (1/TnS)) + (Kg/(s® + k1 5))]. Moreover,
note that as 7)(#) — n(¢) as the controller (7) behaves like the
heat compensation (4). That is, # — n for all >0 then con-
troller (7) is the linearizing feedback control. In addition, note
that estimator ((6.a) and (6.b)) is a linear dynamical system with
constant parameters. Hence, the transfer function of the esti-
mator can be computed to get 7j(s) = Gg(s)y(s) + Gd(s)xgN (s)
where

Kg KN
S £ ) Ga(s) = ——— ®)

G =
E(s) s 1

and the parameters becomes Kg=gx(@+y —g1+K)/(y+
0—g1),te=1/(y+0—g1),Kin=g2Kcand 1y = 1/(y + 6 — g1).
Transfer function Gg(s) depends on the control and estimator
gain. That is, the estimator and controller should be designed
together (i.e., there is no separation principle).

Fig. 2 shows the block diagram of the closed-loop process
under above feedback. In regard the transfer functions Gq4(s)
and GEg(s), one should note that: (a) Gq(s) has low-pass struc-
ture. Indeed, the cut frequency is w. = 1/7|N; and increases as
the estimation constant g;. Then, high frequency disturbances
from inlet temperature xIZN(t) can be filtered by means of parame-
ters tuning of the estimator ((6.a) and (6.b)). Nevertheless, as the
control constant K increases the gain Kyy increases. These facts
can involve an estimation/regulation tradeoff. However, under
appropriate tuning, for suitable values of the control param-
eters the noisy measurements cannot affect the uncertainties
estimation. (b) Fig. 3 shows the Bode diagram for several val-
ues of the parameters K, g1 and g». It is easy to see that there
is a frequency ", which depends on the control and estima-
tion parameters, such that for any @ < »* the estimated value
fi(s) in more sensitive to output y(s) than disturbance xIZN(s)
but there is any @ < w™ #j(s) is more sensitive to disturbances
xN(s) than output y(s). That is, |Gg(wj)| > |Ga(wj)| for any
w < w*. Therefore, since an accurate estimated value #(¢) is
needed in order to proposed controller behaves like linearizing
feedback, a tuning procedure is required in order to estimated
value of uncertain term 7(s) be not sensitive to external distur-
bance xIZN(s).

Robust temperatre control

Reference - i
temperature, Esnm_atlon of Law for he_at
—( )| reaction heat || compensation
Eq. (6) Eq.(7)

Measured
temperature

Refrigeration Alkylation

——> > »

system Reactor

Fig. 2. Block diagram for the complete closed-loop behavior. Here, the block corresponding to the refrigeration system is neglected.
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Fig. 3. Bode diagram of the closed-loop under the estimation/compensation control approach. Closed-loop system is expected to be non-sensitive to high frequency

signals.

The objective of the tuning procedure is to find the value of
the parameters K, g1 and g» such that the magnitude of G4(s)
be smaller than magnitude of Gg(s) for any w less than the given
frequency w". Classical tuning methods include criteria based
on trial and error and procedures which involve to determine
process models and use heuristic basis [26,27]. Here, since pro-
cess model is available, we use heuristic basis to derive a tuning
procedure via frequency response. Let r> 1 be an integer num-
ber such that g = —2rK; and g = (rKc)z. The number r denotes
the estimation/regulation ratio; that is, for a given control gain
K. (which stands the regulation rate), as r increases as the roots
of the polynomial Py(1)=A2 + g| A + g are shifted to left within
open left-hand complex plane. Fig. 3 shows Bode plots for sev-
eral estimation/regulation ratio » and control gains K. Then,
since |Gg(wj)| > |Gy(wj)| for any w < .

6. Numerical simulations

Here, the performance of the heat compensation controller
is tested. To this end, the model parameters were taken as

follows [2]: xIII?II = 862.5molm™3, x?fz = 145.4molm~3,
[HX]=1776molm=3, xN =283K, 6#=833e—4, fB=
0.3266 Km? mol~!. The controller ((6.a), (6.b) and (7))

was interconnected with non-linear model ((3.a) and (3.b)) to
numerically simulate its performance.

The idea behind the proposed feedback is the estimation
of the generated heat by reaction, then simulations are aimed
to show how the reactor temperature stabilization is affected
by the initial value of the estimated heat, 7)(0). Fig. 4 shows
the reactor temperature and the computed coolant temperature
for several initial values 7)(0). Here the estimation parameter

was arbitrarily chosen L=0.5. Note that as the estimated value
decreases the convergence to the reference temperature, 283 K,
is reached. Fig. 5 shows the same effect for the value of the
estimation parameter L=5. By comparing both Figs. 4 and 5,

0] (a)

\]
(=3}
o0

— T
0 2 4 6 8

——
10 12

r r 1T 1"
14 16 18 20

(b)

T T T T
0 2 4 6 8 10 12 14 16 18 20

Time

Fig. 4. Effects of the initial value of the reaction heat for L=0.5. Dotted line,
7(0) = 10.0; solid line, #(0) = 5.0; dash—dotted line, #(0) = 1.0; dashed line,
7(0) = 0.0. Small initial values of the heat reaction lead to better performance
than large values.
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(@)

(b)

0 2 4 6 8 10
Time

Fig. 5. Effects of the initial value of the reaction heat for L=5.0. Note that as L
increases as faster reactor temperature convergence (compare with Fig. 4). Solid
line, (0) = 10.0; dashed line, 7(0) = 5.0; dotted line, 7(0) = 1.0; dash—dotted
line, #(0) = 0.0. In regard initial value of estimated value 7(0), the effect is
similar than for L=0.5.

we can observe that as the value of L in creases as the faster
convergence; however, the control cost for faster convergence
is the saturation of the coolant temperature. Thus, a trade off
between fast convergence and control performance is found.

High gain parameter, L.

Coolant temperature, K

T g i ™ —T ] T L I
0 2 4 6 8 10 12 14 16 18 20
Time

Fig. 6. Effect of increasing the high gain parameter L on the performance of the
control action. The response of the coolant temperature is faster as L increases.
However, a very large value of L can induce oversooh and saturation. On contrary,
a very low value on L can induce off set at steady state. The arrow in picture
indicates the direction of the effect; that is, L was increased as the arrow direction
shows.

The effect of increasing the estimation parameter L is shown
in Fig. 6. After extensive simulations, we found that the perfor-
mance satisfies the Integral Square Errors and Control (ISEC)
performance index (see Chapter 7 in [24]) corresponds to
L=1.0.

Note that, for large value of estimation parameter L, the
control input (coolant temperature) can be saturated due to
finite-time escape of the control signal (peaking phenomenon).
Saturation is a non-linear function that induces discrepancy
between the computed and actual control input. Such a dis-
crepancy is often related to actuator constraints [16,28]. Thus,
the feedback is broken and the process behaves as an open-
loop plant with the possible performance degradation. Indeed,
the degradation can include windup phenomenon in presence
of integration actions. Since the estimation of the heat gener-
ation is computed from (6.a) and (6.b) (i.e., it includes inte-
gration parts), an antireset-windup strategy can be needed. We
do not find reset windup in the extensive simulations. This
can be associated to the slow dynamics of the process and
low value of the estimation gain; however, the possibility of
appearing the reset windup phenomenon should be considered as
well.

7. Concluding remarks

Here, a control law for chemical reactors had been proposed.
The controller was designed from compensation/estimation of
the heat reaction in exothermic reactor. In particular, the paper is
focused on the isoparaffin/olefin alkylation in STRATCO reac-
tors. It should be noted that control design from heat compen-
sation leads to controllers with same structure than non-linear
feedback. This fact can allow to exploit formal mathematical
tools from non-linear control theory. Moreover, the estimation
scheme yields in a linear controller. Thus, the interpretation for
heat compensation/estimation is simple in the context of process
control.

On the other hand, the proposed approach has structure of
low pass filter; see Eq. (8). Thus, we can expect that the closed-
loop response is not sensitive to high frequency signals (as,
for example, by noisy measurements or fluctuations in fluids
mechanics by agitation). Although Fig. 3 depicts the frequency
response, the robustness of the closed-loop should be guaran-
teed by weighting functions. To this end, Hy, theory can be
exploited. One more issue about robustness is related to delay
by lag transport. In this direction, the question is how the delay by
lag transport affects the closed-loop performance? These issues
are beyond the goals of the present contribution, and are being
analyzed to be reported elsewhere.
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Appendix A
Values of kinetic parameters are given in Table A.1.

Table A.1
Reaction mechanism and rate constants at 330 K with 95% of HySOy as catalyst

Reactions Rate law, R'(x}) Preexponential factor® Activation energy®
Initiation
C32 + HXZL oy X k;AB 1.01 x 107 2.35
CytX™ +iCa—2Cs +iCs X k:AB 2.07 x 1011 0.0
Primary
iCy X + G52 Aot ki1 AB 1.99 x 107 2.36
iC7 X~ + ic4ﬁ>ic7 +iCsTX ksAB 4.20 x 1010 0.0
Self-alkylation
iCyt X~ 2% ic2 4 HX koA 3.92 x 10* 0.40
iC4 X~ + iC42’ﬂ>ng+X_ ki0AB 5.63 x 1017 4.10
iCsTX™ 4 iCa— iCy + iCat X~ ksAB 5.35 x 1010 0.0
Destructive alkylation
iC7 X~ 2 ic,% 4 HX KinA 7.49 x 10° 1.08
iCY +iCa X B 1 iCstX ki3AB 3.64 x 102! 5.73
iCs2 + HXA% icst X ki4AB 1.62 x 10! 3.69
iCstX™ 4 iCs—5iCs + iCs X~ K3AB 3.29 x 1010 0.0
iCe X~ +iCs 4 iCq + iCs X~ k4AB 4.04 x 1010 0.0
G X + G2 et X kisAB 3.72 % 1017 2.59
iCio™X™ + ic4ﬁ>ic.0 +iCyTX™ ksAB 6.68 x 1010 0.0
iCs2™ 4 iCs XL icy T X ki6AB 4.26 x 10"° 2.65
iCo™ X~ + iCs—T5iCo + iC4+ X~ k7AB 6.02 x 1010 0.0
iC.0+X*ﬂ>iC52— +iCstX— ki7A 4.45 x 10" 8.40
2 em? g~ mol~'s~!.
b keal g~ mol~!.
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